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In this work, a mathematical model is developed for simulating the behavior of a direct reduction moving
bed reactor for the production of sponge iron. The pellet scale model is based on a grain model with
product layer resistance. The reactor is modeled through a nonisothermal, steady state, heterogeneous
model. Model predictions show good agreement with the data of Foolad Mobarake plant (Isfahan, Iran).
Finally, the effects of reducing gas parameters and pellet characteristics on the reduction extent have

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

The field of noncatalytic gas solid reactions has been and is still
avery active research area in chemical engineering. Industrial pro-
cesses such as direct reduction of metallic oxides [1-3], gasification
of coal [4], roasting of mineral sulfide ores [5], adsorption of acidic
gases [6] and regeneration of coked catalysts [7] are only some of
the applications of these reactions.

The direct reduction process is commercially used for the pro-
duction of sponge iron by reducing gases from steam and the dry
reforming of natural gas. In the moving bed reactor, the reducing
gas mixture flows upward and counter-current to the downward
flow of solids and reduces the hematite pellets. The overall reaction
scheme can be simplified to:

Fe,03 + 3H, — 2Fe + 3H,0 (1)
Fe,03 + 3CO — 2Fe + 3CO, 2)

In the past three decades, the subject of direct reduction of
iron oxides has been studied by presenting some mathematical
models.

At pellet scale, the unreacted shrinking core model (neglecting
pellet porosity) is an assumption that most of the previous models
have used [8-10]. This model provides an overall interpretation of
experimental data very well, but experiments also show that the
reacted and unreacted zones in a pellet are not separated by a sharp

* Corresponding author. Tel.: +98 2166405847; fax: +98 2166405847.
E-mail addresses: mehdi.nori@aut.ac.ir (S.M.M. Nouri), alebrm@aut.ac.ir
(H. Ale Ebrahim).

1385-8947/$ - see front matter © 2010 Elsevier B.V. All rights reserved.
doi:10.1016/j.cej.2010.11.025

boundary. In fact, metallographic examination of partially reduced
iron oxide pellets indicated that the reacted and unreacted zones
were separated by a transition section.

Some of the reactor models include only one reacting gas. Most
of the models have used pure H; [9,11-14], pure CO [15] or a mix-
ture of Hy and CO as reducing gas [16,17]. Whereas reducing gas
at a practical direct reduction reactor is a mixture of Hy, CO, H,0,
CO, and CHg4. Recently, the moving bed direct reduction reactor has
been modeled by unreacted shrinking core model for two industrial
plants [18].

Using constant values for gas and solid physical and chemical
properties is another simplifying assumption that most of the pre-
vious models have used. For example, most models have applied the
constant value for diffusion or some have estimated it as a linear
function of temperature.

In this work, the grain model with product layer resistance has
been developed to simulate the direct reduction reactor. This model
considers intergrain diffusion of the porous hematite pellet as well
as the product layer (sponge iron) diffusion around each grain. The
kinetics from this model is inserted into the mass and heat bal-
ance equations of the moving bed direct reduction reactor. The
modeling results have been compared with Foolad-e-Mobarake
plant data successfully. Finally, the effect of operating parame-
ters on the reactor performance has been studied by a simulation
program.

2. Mathematical model

The mass and energy balance equations with boundary con-
ditions are presented here. Some of the general necessary


dx.doi.org/10.1016/j.cej.2010.11.025
http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej
mailto:mehdi.nori@aut.ac.ir
mailto:alebrm@aut.ac.ir
dx.doi.org/10.1016/j.cej.2010.11.025

S.M.M. Nouri et al. / Chemical Engineering Journal 166 (2011) 704-709 705

Nomenclature

a dimensionless gas concentration, Ca/Cap
Ap outer surface area of the pellet

b stochiometric coefficient

Cap reactant gas concentration in the bulk
Cpg, Cps  heat capacity for gas and solid phases
Dak Knudsen diffusivity of gas “A”

Dam molecular diffusivity

De effective diffusivity of gas “A” in the pellet
Dy diffusivity in the product layer

E porosity of bed

Fg shape factor of the grains

Fp shape factor of the pellet

Gmg, Gms gas and solid molar flows

h heat transfer coefficient

k reaction rate constant

kg gas film layer mass transfer coefficient

l reactor length from top

L total reactor length

My molecular weight

np number of pellets per unit volume of the bed

Nnu, Nre Nusselt and Reynolds numbers, respectively
Ns¢, Ng;, Schmidt and Sherwood numbers, respectively

Q gas flow-rate

R reaction rate per pellet

Rg gas constant

r pellet radius

Tgc unreacted core radius in each grain
Te0 initial grain radius

dimensionless unreacted radius in the grain, rgc/rgo

Tg, Ts gas and solid phase temperatures

t time

Ug, Us gas and solid velocity

X solid conversion

y dimensionless position in the pellet

Greek letters

AH heat of reaction

e pellet porosity

0=kCapMgt/pprgo dimensionless time for the grain model

0 =1,/Fgk(1 — €)/Derg reaction modulus for the pellet

0g = 4/ krgo/2DpFg reaction modulus for the grains

assumptions for derivation of these equations are as follows
[19,20]:

—bkCap(1 —€)(1 - E)/rgo

ing bed reactor of hematite. This model is based on the following
assumptions:

(1) pseudo-steady state approximation

(2) the pellet is isothermal

(3) diffusion resistance through the product layer of each grain is
taken into account

(4) spherical pellet geometry

(5) equimolar counter diffusion system

The general form of the dimensionless equations which describe
the pellet behavior is as follows [21]:

li 2@ = o’ra (3)
y2 3y y ) 1 +602(re —12)
ar* a

- ¢ 4
96, 1+ 602(r* —r+2) )

There is no analytical solution for the above coupled partial dif-
ferential equations. Hence, we use Sohn’s assumption to reach an
approximate solution [21].

When o approaches zero, r* approaches unity everywhere and
the integration of Eq. (3) gives:

Opl,_o = Erg(X) + 0% - Prp(X) (5)
For spherical grains and pellet we have:

BX)=1-(1-X)'" (6)
P3X)=1-31-X)*?+2(1-X) (7)

And when o approaches infinity, the intrapellet diffusion becomes
the only rate controlling step and the gaseous reactant concentra-
tion at the interface between unreacted and reacted zone in the
grains drops to zero. Therefore, we have:

Oy ... =02 - p3(X) (8)

By combination of Egs. (5) and (8), and external mass transfer resis-
tance, the approximate conversion-time relation can be presented
as follows [20]:

bkCAbt :1—(1—X)1/3+ @ krg(lfe)
PBTg0 6Dp 6Derg0

2 krii(1-¢)

a1 yy2/3 B 2
[1-3(1-X)""+2(1 X)]+Sh 6Derg0 9)

By extracting dX/dt from Eq. (9), the reaction rate for each gaseous
reactant is expressed as follows:

R ( mole

m3 s) T 1301 -x%P ¢ (Krgo/6Dp + kr2(1 — &)/6Dergo)(2/(1 — X)'/* = 2) + kr3(1 — £)/3Damrgo(2 + 0.39Re'/25c1/3)

) steady state operation

) plug flow for both gas and solid stream in the reactor

) the pellets diameter remains constant during the reaction
) the pellet composed of fine spherical grains

(5) catalytic effects may be neglected

(6) ideal gas mixture

(7) irreversible and first order reactions

(1
(2
3
(4

2.1. Pellet modeling

In this work, a grain model with product layer resistance is used
as a new approach for the modeling of direct reduction in a mov-

2.2. Reactor modeling

The mass balance equations for gaseous reactants based on Eq.
(10) for the reaction rate, can be stated as follows [18]:

dG

ugTHernpRszo (11)
dc,

Ug# + TlpRCO =0 (12)

Mass balance on the reactant solid may be written as follows:

G

n
+f(RH2 +Rco)=0 (13)
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Energy balance for gas and solid phases can be written as follows
[18]:

dT,
cmgcpgaTlg + npAph(Tg — Ts) = 0 (14)
GimsCps(Cs, n)% + mp[Aph(Ts — Tg) + AHp, (Ts)Ru, + AHco(Ts)Reo] = 0 (15)

Boundary conditions for the above equations are as follows:

Ch,(I=L)=C},, Ceoll=1)=C, (16)
Cre,05(I = 0) = Gy, 0, (17)
Tg(l=L)=TP", Ts(=0)=T" (18)

The above mathematical modeling of the moving bed direct
reduction reactor leads to a set of nonlinear ordinary differential
equations with a set of split boundary conditions. These differential
equations are solved using a Runge-Kutta method called Shooting
method. Shooting method transforms the boundary value problem
into an initial value problem and then the resulting equations are
solved by the Runge-Kutta method.

2.3. Parameter calculation

2.3.1. Kinetic constants
The kinetic equations for hematite reduction by hydrogen and
carbon monoxide are used from Ref. [18] as follows:

ky, = 0.225 exp(—14700/82.06T) cm/s (19)
kco = 0.650 exp(—28100/82.06T) cm/s (20)

2.3.2. Heat and mass transfer coefficients

For the pellets in a moving bed reactor, the following empirical
equation was stated for the heat transfer coefficient between gas
and particles [22]:

Nu =2 +0.39Re}/? . pr'/? (1)

The mass transfer coefficient between gas and pellets in a moving
bed reactor can be obtained using the analogy between heat and
mass transfer:

Shj =2 +0.39Re;/? - s¢/ (22)

2.3.3. Diffusion coefficients
The mass transport rate through the porous solid is governed by
two phenomena:

(a) Molecular diffusion, which is a property of a gas mixture. When
the pore diameter is large compared with the mean free path
of gas molecules, molecular diffusion is predominant and may
be estimated using the Chapman-Enskog relation [23]:

4.52 x 10781175
0.5 1 12
Pl2(M; ! +Mj’1)] (Do + (V)3

(b) Knudsen diffusion, which depends on the molecular velocity
and pore size. This diffusivity is predominant in the micropores.
The Knudsen diffusivity is given by [24]:

1
4/ 8R,T \ 2
Dpk = = g
AK 3(71-MA)

Djj = (23)

37rgo
"Amr+8)1—¢)

(24)

The overall diffusivity obtained from the two above phenomena is
given by [24]:

11(1+1> (25)

De ~ &2 \Daw ' Dax

Table 1

Operating conditions of Foolad Mobarake plant.
Reactor length 9.1m
Reactor diameter 5.5m
Bed porosity 0.5624
Bed density 2g/cm?

Solid properties

Sponge iron flow rate 110ton/h
Reduced iron density 3.2g/cm?

Iron ore density 4.7 g/cm?

Gas properties

Outlet pressure 1.35bar

Flow rate 177,180Nm3/h
Intel temperature 1174°

Outlet temperature 791°

Gas composition Inlet gas Outlet gas
Hydrogen 53.47 32.24
Carbon monoxide 34.25 21.6

Water (vapor) 5.83 25.05
Carbon dioxide 2.6 15.46
Nitrogen and methane 3.65 3.65
Conversion 94.8

Moreover, the diffusions through the product layer (Dy, values) are
used from Ref. [18] as follows:

Dpn, = 1.467 x 107°T'7> cm?/s (26)

Dp.co =3.828 x 107/T175 cm?[s (27)
3. Results and discussion

In this section, a comparison between the predictions of the
mathematical model and the plant data is performed. The model
presented in the previous section is validated using experimental
data from a MIDREX plant (Foolad Mobarake, Isfehan, Iran). The
operating conditions of the plant reactor are shown in Table 1.

Results of the simulation model are in good agreement with the
plant data. A comparison between them is shown in Table 2. The
inlet gas composition used in the model was identical to that of the
plant, i.e. those inlet values listed in Table 1.

Fig. 1 shows the temperature profile along the reactor. It can be
seen that the temperature profile perfectly satisfies the boundary
temperature extracted from the plant data. The gas temperature
decreases from bottom (inlet) along the reactor, owing to heat
transfer with the solid and the endothermic reactions between iron
oxides and reactant gases.

In all of figures of this section, a length of 0 cm corresponds to
the outlet for the gas or inlet for the solid (top of the reactor) and
length of 900 cm corresponds to the inlet for the gas or outlet for the
solid (bottom of the reactor). However, the solid moves counter-
currently from top to the bottom of the reactor. These situations
were also described by boundary conditions (16)-(18).

Fig. 2 shows the gas composition variation along the reactor.
It can be seen that the absolute value of the slope of composi-
tion profile for each gas (except inert gases) is quite bigger in the
upper part (0cm) of the reactor. It shows that the total reaction

Table 2
Comparison between model results and plant data.
Model results Plant data
Outlet gas composition
Hydrogen 32.92 32.24
Carbon monoxide 23.32 21.6
Water vapor 26.38 25.05
Carbon dioxide 13.73 15.46
Nitrogen and methane 3.65 3.65
Solid conversion 93.9 94.8




S.M.M. Nouri et al. / Chemical Engineering Journal 166 (2011) 704-709

1200

1100

1000

900

800

700

Temperature(k)

600

500

400

300

0 100 200 300 400 500 600 700 800 900
Length{cm)

Fig. 1. Gas and solid temperature profiles along the reactor.

rate decreases along the reactor. As a result, the diffusion role (iron
thickness around the grains) on controlling the total reaction rate
increases from top to bottom of the reactor.

3.1. Effect of gas flow rate

Fig. 3 shows the effect of variation of the reducing gas flow
rate on the conversion of iron ore. When the gaseous flow rate is
increased, a higher solid conversion is obtained and more gaseous
reactants are consumed. This is not caused by the decrease of exter-
nal mass transfer resistances from gas to solid as the gas velocity
is increased. Calculations show that even at the lowest flow rate
the Sherwood number is high enough to make the mass transfer
resistance negligible. Therefore, the reason is that as the flow rate
increases, the concentration of reducing gases at the upper part of
the reactor increases.

This matter is verified by comparing the denominator terms
of Eq. (10). The first, second and third terms are proportional
to reaction resistance, product layer and solid reactant diffusion
resistances, and external mass transfer resistance, respectively.
For example, these terms are 0.4, 8.8, and 0.03, respectively for
hydrogen and at 25% solid conversion. At 75% conversion, these
terms become 0.76, 25.7, and 0.02 which show increasing resis-
tance for the product layer (sponge iron) diffusion. Consequently,
mass transfer resistance is negligible in all situations.
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Fig. 2. Gaseous composition profiles along the reactor (points below H, H,0, CO
and above CO, composition line show outlet gas composition of plant).
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Fig. 3. Effect of gas flow rate on the conversion of iron ore.

3.2. Effect of feed gas composition

Fig. 4 shows the effect of the H,/CO ratio on the solid conversion.
The solid conversion is increased by increase of carbon monoxide
concentration (or decreasing the above ratio) in the feed gas. Since
the rate constant for carbon monoxide is greater than of hydrogen
[choosing Egs. (19) and (20) in this work] at the same temperature.
But, this ratio is highly restricted by the reformer condition and
possibility of coke deposition on the sponge iron, and therefore,
the Hy/CO ratio is usually more than one.

3.3. Effect of feed gas potential

Fig. 5 shows the effect of feed gas potential on solid conversion.
The (Hy +CO)/(H,0 +CO5) ratio usually changes within 5-49. This
characteristic is changing with the reformer operating conditions
and generally remains constant along steady state operations [25].
It can be seen that with increase in the gas potential, solid con-
version increases due to the entrance of more reducing gas into
the reactor. But increasing the potential ratio more than 20 has
no considerable effect on the conversion. Because the operating
conditions examined the pellets were nearly fully reduced in all
cases.
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Fig. 4. Effect of feed gas composition on the solid conversion.
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3.4. Effect of solid flow rate

Fig. 6 shows the effect of different solid flow rates on the con-
version. As the solid flow rate is increased, the conversion of outlet
pelletsis reduced. When the solid flow rate is increased, the average
residence time of iron ore pellets in the reactor is decreased and the
solid particles have less time to react with the gaseous reactants.
However, if the gas flow rate is kept constant, the reducing gas will
contact more fresh solid and its reduction potential is decreased.

3.5. Effect of reactor length

The effect of increasing the reactor length is very similar to
the effect of decreasing the solid flow. Increase of the bed length
increases the solid conversion of iron ore particles, because the
mean residence time of solid particles is increased. Table 3 shows
the influence of increasing the reactor length.

Table 3
Variation of solid conversion with the reactor length.

Reactor length (cm) Solid conversion

750 0.87
850 0.91
910 0.93
950 0.94
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Fig. 7. Effect of pellet size on the solid conversion.

3.6. Effect of pellet size

The effect of pellet size on the conversion of solid is illustrated in
Fig. 7. It can be seen that when the size of the pellets is increased, a
considerable decrease in solid conversion will result because pellets
with a larger diameter need more time to reduce completely.

3.7. Comparison of porous and nonporous models

Comparison between porous (grain model) and nonporous
(unreacted shrinking core model) models for the direct reduction
is important. The nonporous models are usually the old gas-solid
reaction models and have been used for some reactions because of
their mathematical simplicity (product layer diffusion and reac-
tion in series) [26]. However, the initial solid reactant pellet is
seldom completely nonporous, especially at industrial scale where
higher reactivity is required. Therefore, using the porous models
can express the behavior of the system (parallel solid reactant dif-
fusion with reaction and product layer diffusion) more accurately.
The solid conversion profiles for the direct reduction system are
presented in Fig. 8, for nonporous and porous models. As this figure
shows, the grain model (this work) predicts the final metallization
point of Foolad Mobarake very well. While, unreacted shrinking
core model underestimates the plant metallization point consider-
ably, due to assumption of nonporous initial hematite pellet.
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Fig. 8. Solid conversion for Folad Mobarake plant data using unreacted shrinking
core (USC) model and grain model, the point (e) at the bottom of reactor is the
conversion of solid from the plant data.
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4. Conclusion

In this work, moving bed reactor of direct iron ore reduction
was simulated by a one dimensional heterogeneous model. Grain
model with product layer resistance was applied to predict the
reaction—diffusion phenomena in the pellet size. The results of the
model were in a good agreement with the Foolad Mobarake indus-
trial plant data.

The effects of gas, pellet and reactor parameters were investi-
gated by a simulation model. It was found that the solid conversion
will increase by increasing the gas flow rate or its reducing poten-
tial. Moreover, reduction of small iron ore pellets requires lower
residence times to reach complete conversion compared to pellets
of larger diameter. The effect of H,/CO ratio was also investigated
and the results show that by increasing the H,/CO ratio, solid
conversion decreased. Finally, the grain model prediction was com-
pared to shrinking unreacted core model and plant data.
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